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Abstract

Design calculations are presented for a single-pass high-conversion electrochemical reactor suitable for process
intensification in electroorganic synthesis. The key feature of the design is the use of a segmented working electrode,
combined with a small anode–cathode gap. Each working electrode segment is operated at an optimal local current
density, defined with respect to the local diffusion–limited current density of the reacting species. Two reactor
configurations are considered: (i) an adiabatic reactor, and (ii) an isothermal reactor with integrated heat exchange.
Calculated results for the devices in a classical electroorganic synthesis system, the methoxylation of 4-methoxy-
toluene, are presented and the general features and performance characteristics of the cell are compared with those
of a more conventional capillary-gap cell, currently used industrially. For an electrode gap of 0.1 mm, the average
current density attainable in the novel design is of the order of 2700 A m)2 in the adiabatic reactor and of the order
of 7100 A m)2 in the isothermal reactor, respectively, 5 and 14 times higher than the current densities applied in the
current industrial process. In addition to process intensification, other advantages of the proposed technology are
the absence of reactant recycle, short residence times and plug flow of the reagents, all of which contribute to
improved process selectivity.

List of symbols

CA reagent concentration (mol m)3)
cp specific heat capacity of the electrolyte

(J kg)1 K)1)
d interelectrode spacing (m)
D diffusion coefficient of the reacting species

(m2 s)1)
f ratio between the limiting and the applied cur-

rent density
F faradaic constant (96 487 C mol)1)
i current density (A m)2)
iavg average current density (A m)2)
ilim limiting current density (A m)2)
Igl total applied current (A)
km mass-transfer coefficient (m s)1)
L total reactor length (m)
n number of electrode sections in an individual cell
N number of electrochemical cells in a reactor

stack
ne number of electrons transferred in the reaction

per mole of reagent
Pdes desired production rate (mol s)1)
DP electrolyte pressure drop (Pa)
Qrev reversible heat generated by a cell reaction

(J mol)1)

T electrolyte temperature (K)
DT local temperature increase (K)
DTgl global temperature increase (K)
u fluid velocity (m s)1)
w reactor width (m)

Greek symbols
g irreversible overpotential of the electrodes (V)
Urev reversible cell potential (V)
DU ohmic drop (V)
j electrolyte conductivity (W)1 m)1)
l liquid viscosity (kg s)1 m)1)
q electrolyte density (kg m)3)
h local reagent conversion
hgl global reagent conversion

Superscripts and subscripts
(k) index of the electrode section
p at constant pressure

1. Microstructured electrochemical reactor designs

The development of low-cost microfabrication technol-
ogies makes it possible to produce microstructured
devices at competitive prices. Already routinely em-
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ployed in laboratory apparatus and analytical equip-
ment, the potential use of microstructured systems and
components for chemical production has recently begun
to be envisioned as well and has led to substantial
rethinking of the way chemical reactors can be designed,
built and operated. Indeed, new reactor concepts can
now be proposed both to improve the performance of
existing processes and to explore new or unusual
reaction pathways that often appeared impossible or
unrealistic for industrial development with existing
technologies and classical designs [1, 2].
Microstructured systems are particularly promising in

electrochemical reactor design. An overview of recent
electrochemical process equipment used in industry,
including divided and undivided cells, can be found in
Lund and Hammerich [3]. The importance of the
minimization of the anode–cathode gap was recognized
early and has led to the design of capillary-gap cells with
inter-electrode gaps on the millimeter scale [4]. Some
other innovative microstructured electrochemical reac-
tor designs are discussed below.

1.1. Interdigitated band electrodes

Belmont and Girault [5, 6] proposed a new type of
electrosynthesis cell consisting of coplanar platinum
interdigitated microband electrodes as shown in Fig-
ure 1(a). The fluid flows over the anode–cathode plate.
The electrode width is in the range 0.5–1 mm, with a gap
between the electrodes varying from 0.25 to 1 mm. This
geometry results in anode/cathode distances of a few
hundred micrometres thus minimizing ohmic penalties
without hindering the hydrodynamics. At the same time,
due to the periodic relaxation of the mass-transfer
boundary layer, a significant enhancement of the mass-
transfer coefficient to the electrodes is obtained. The
experimentally determined mass-transfer coefficient is in
the range (3–7) · 10)5 m s)1 and remains significant
even in the absence of flow [6]. The authors conclude

that this electrode geometry, restricted to undivided
cells, could have interesting applications in tank reactors
characterized by low convection regimes. The interest
and the feasibility of the interdigitated electrode design
has been demonstrated for furan methoxylation [6].

1.2. Microchannel reactors

Ziogas et al. [7] constructed with etching and laser
techniques a miniaturized parallel plate electrochemical
reactor containing 27 parallel channels. The anode
material was glassy carbon and the cathode material
stainless steel. The width of an individual channel was
800 lm, its length 64 mm and its height, corresponding
to the cathode–anode distance, 25 lm. The reactor was
cooled using an integrated heat exchanger. The test
reaction was the methoxylation of 4-methoxytoluene, a
reaction which will be discussed in more detail in Section
3. The solvent and co-reactant of the reaction is
methanol. The initial concentration of 4-methoxytoluene
was 2 mol l)1 (30% mass), with 0.01 mol l)1 (0.07%
mass) of KF added as supporting electrolyte. The reactor
was operated with a fluid velocity of 2.3 mm s)1 and a
current density of 790 A m)2. The reaction temperature
was varied between 10 and 60 �C. Under these condi-
tions, the reagent conversion was higher than 95%, with
a selectivity of 80% and a current efficiency of 60%. The
relatively low current efficiency observed is most prob-
ably due to the high reagent conversion, in a reactor
designed for uniform spatial current distribution. In-
deed, near the reactor outlet, where the conversion is
high, the reagent concentration is very low, and side
reactions may be significant. This interpretation is
confirmed by experiments, performed at lower current
densities (and without supporting electrolyte) for which
the overall conversion was much lower (only 20%) but
the measured selectivity and current efficiency much
higher (respectively, 90% and 98%).

1.3. Multisectioned flow-through electrode designs

Matlosz [8] proposed a multisectioned flow-through
porous electrode design permitting accurate control of
local current distributions independently of the ohmic
drop. The multisectioned porous electrode consists of
alternating microstructures of conducting and insulating
porous slices. Each conducting slice is connected to an
independent current generator as shown in Figure 1(b).
Since the electrical current flows parallel to the electro-
lyte fluid flow, the anode–cathode distances can be
significant, resulting in a high average ohmic drop and
substantial energy consumption. Despite this ohmic
penalty, the configuration is convenient for cases is
which anolyte–catholyte separation is necessary. A
laboratory-scale demonstration unit with 10 indepen-
dent slices has been designed, built and tested by
Vallières and Matlosz [9]. A model electrosynthesis
system consisting of oxidation of sodium gluconate to
D-arabinose in competition with the parallel reaction of

Fig. 1. Innovative electrode configurations. (a) Interdigitated micro-

band electrodes, (b) multisectioned flow-through porous electrode and

(c) segmented thin-gap electrode.
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oxygen evolution was chosen for investigation, and it
was shown that the current efficiency could be signifi-
cantly improved with the multisectioned design.
Bechthold and Turcanau [10, 11] applied this concept

successfully in the vat dyeing industry. A standard
dyeing apparatus for yarn on X-cones was coupled to a
multicathode flow-through electrolyser for the indirect
reduction of dispersed oxidized vat dyes. The vat dye
was reduced by an iron (II/III)-triethanolamine complex
which was regenerated continuously in the electrochem-
ical cell. The catholyte was an alkaline solution (0.312 M

NaOH) containing small amounts of the iron-trietha-
nolamine complex (0.01 M). It was separated from the
anolyte (1 M NaOH) by a cation exchange membrane.
Current densities in the range 5–10 A m)2 were inves-
tigated and current efficiencies of 90% were attained.
The multisectioned flow-through design has thus

proven its interest. Nevertheless, in cases where high
current densities are desired and where the electrolyte
conductivity is low, which is typically the case in organic
electrochemistry, the ohmic penalty involved can be very
high, thereby limiting the economic competitiveness of
the design.

1.4. Segmented thin-gap designs

In the present work, an alternative to the multisectioned
flow-through design is proposed. The alternative design,
a segmented thin-gap cell, is shown schematically in
Figure 1(c). The segmented design conserves the advan-
tages of local control of current density, while the thin
anode–cathode gap minimizes the ohmic drop. In the
thin-gap design, the current flows perpendicularly to the
fluid (a ‘flow-by’ approach) and the ohmic drop is
therefore proportional to the width of the flow cell,
which can be very small and is independent of electrode
length. As in the design of the flow-through cell [8, 9],
the working electrode is segmented by alternating
conducting and insulating sections, and the length of
the insulating sections is very small compared to the
electrode section length. Each electrode section is
connected to an independent current generator, thereby
permitting electrical current modulation in space and in
time. Scale-up of the electrochemical reactor can be
achieved by cell stacking. The segmented thin-gap
design provides significant opportunities for process
innovation in organic electrochemistry by changing the
classical process scheme. In the present work, an
example application is studied, and the impact of the
new design on process performance is discussed.

2. A single-pass high-conversion reactor for organic

electrosynthesis

2.1. Traditional low conversion process schemes

Considering overall process economics, the product
prepared by electrolysis should be obtained with high

reagent conversion and high purity. With traditional,
non-segmented reactor technologies two process
schemes for this purpose are possible. A first process
scheme consists of an electrochemical cell with low
conversion per pass operated in batch mode (Figure
2(a)). The concentration of the reagent decreases with
time and the process is stopped when the desired
conversion is reached. Although the current distribution
is uniform spatially within the electrochemical reactor,
the applied current density must be lowered as a
function of time, in order to adjust to the decreasing
reagent concentration in the cell and avoid undesired
side reactions. A disadvantage of this scheme is the
batch mode of operation, which is poorly suited to high
production rates.
A second well-known process scheme is an electro-

chemical cell with low conversion per pass operated in a
continuous mode and placed in a recycle loop (Fig-
ure 2(b)). As in the previous scheme, the current
distribution is uniform in space within the reactor. In
order to work at high current density (high productiv-
ity), the reagent concentration in the loop should be as
high as possible. The loop is continuously fed with fresh
reagent and a fraction of the electrolyte is continuously
withdrawn. The reagent and the product are then
separated to concentrate the product and to recycle
the reagent. The major disadvantage of this scheme is
the complexity of the recycle loop and the large size of
the separation units.

2.2. Intensified high conversion process scheme

With the use of segmented thin-gap cells for the desired
reaction, an alternative to these traditional approaches

Storage tank 

 Simple cell

t = 0       Cp = 0         i = imax 
t = tfinal    Cp = Cp final     i = imin

Cp << Cp final 

Reagent recycle loop Product Cp final 

Fresh 
Reagent

Separation
unit

Cp = Cp final

Fresh Reagent

Cp = 0

Product

Multisectioned
cell 

Storage tank

(a)

(b) 

(c) 

 Simple cell

Fig. 2. Production schemes for organic electrosynthesis. (a) Batch, (b)

continuous with reagent recycle and (c) single-pass high-conversion. Cp

is the product concentration.
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becomes possible: a single-pass high-conversion reactor
(Figure 2(c)), a continuous process without recycle
requiring only a small separation unit. Since the
maximum local current density for the desired reaction,
corresponding to the diffusion-limited current of the
reagent, is proportional to the local reagent concentra-
tion, efficient use of the electrode surface without local
side reaction can be attained by adjusting the local
current density to a fraction (typically 50–70%) of the
maximum diffusion-limited current density. If the con-
version per pass is high, 50% or more, the reagent
concentration and thus the limiting current density will
vary strongly from the inlet to the outlet of the cell, as
schematically shown in Figure 3(a). Electrode segmen-
tation in such cases allows accurate adjustment of the
local current density to the local reagent concentration,
thereby permitting optimal use of the electrode as
illustrated in Figure 3(b). Another important advantage
of this alternative process scheme is the short residence
time and the plug flow of the reagent, both of which
minimize undesired consecutive reactions.

2.3. Reactor model and design procedure

To investigate the feasibility and the potential interest of
a microstructured single–pass high–conversion electro-
chemical reactor, the optimal operating conditions must
be defined and related to the major reactor character-
istics: namely, overall conversion, hgl, overall tempera-
ture rise, DTgl and average current density, iavg.
The electrochemical reactor is composed of a stack of

N electrochemical cells working in parallel. Each cell is
comprised of two parallel plates, with interelectrode
distance d, length L and width w, as shown in Figure 4.
The working electrode of each cell is divided into n
sections each of equal length, separated by thin insulat-
ing segments. In each electrode section, the local current
density is adjusted in order to be optimal with regard to
the local reagent concentration. Two reactor configura-
tions are considered: (i) an adiabatic reactor, and (ii) an
isothermal reactor with integrated heat exchange. A
simplified approximate reactor model, suitable for

preliminary investigation of the segmented thin-gap
design has been developed for this case and is presented
in Appendix A.
Different classes of parameters are necessary for the

design of an individual electrochemical cell. A first class
of parameters concerns the physico-chemical fluid char-
acteristics and the reaction characteristics. The fluid
parameters are the fluid density q, viscosity l, electrical
conductivity j, and heat capacity cp as well as the
diffusion coefficient of the reagent species D. The
reaction parameters are the reversible heat generated
by the cell reaction Qrev, the number of electrons
exchanged ne, and the overpotential g. The values of
all these parameters are given by the electrochemical
reaction system and the reaction temperature and
cannot be freely chosen.
A second class of parameters concerns the geometri-

cal cell characteristics and the operating parameters.
The geometrical cell characteristics are the length of
the cell L, its width w, the anode–cathode gap d and the
number of sections n. The operating parameters are
the ratio between the diffusion limited and the applied
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current 
density 

iopt 

iopt = ilim/f

iopt 1 

iopt 2 

iopt 3 

Partial 
current 

density, i 
for 

desired 
reaction 

C2, ilim2 

C3, ilim3 

C1, ilim1

potential Reactor length 

current density applied to the electrode section

(a) (b) 

Fig. 3. Schematic presentation of the variation of the optimal current density in high conversion reactors. (a) Link between the limiting and the

optimal current density and (b) variation of the optimal current density with the reactor length.

Fig. 4. View of a reactor stack with five electrode sections (n¼ 5).
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local current density f, the fluid velocity u and the
input reagent concentration C0

A. In contrast to the
physico-chemical fluid characteristics and the reaction
characteristics, the seven independent geometrical and
operating parameters can be freely chosen in order to
optimize the reactor design.
A possible design procedure is depicted in Figure 5. In

the design procedure two of the independent design
parameters, the fluid velocity u and the input reagent
concentration C0

A are replaced for convenience by
process constraints, namely the global reagent conver-
sion hgl and the global temperature rise DTgl. For the
isothermal design, the global temperature rise is con-
trolled by the integrated heat exchangers and the initial
reagent concentration C0

A may be fixed freely. As
illustrated in the following, the reactor performance is
a strong function of the anode–cathode gap d.

3. Application: the anodic methoxylation of 4-methoxy-

toluene

3.1. Reaction system

The anodic methoxylation of 4-methoxytoluene leads to
4-methoxy-benzaldehyde-dimethylacetal which yields,
after hydrolysis, anisaldehyde. The reaction route is
shown in Figure 6. When methanol is used as a solvent,
the reaction proceeds in a very fast two-electron
oxidation of toluene to the benzylether followed by a
subsequent fast two-electron oxidation of the benzyl-
ether to the diacetal [12, 13]. The counterelectrode
reaction is hydrogen evolution.
The reaction is industrially performed by BASF with

a production rate of 3500 tons per year [3]. The
electrolysis step is performed in a capillary-gap cell
and typical process parameters for that configuration
are shown in Table 1. The cell is operated in a
continuous mode and placed in a recycle loop, the
production scheme is depicted in Figure 2(b). A process
diagram including the separation steps is given in [3].
One of the major advantages of the process is that it can
use methanol both as a solvent and as a reagent. Since
methanol can be recycled conveniently, the process
closes most loops, a decisive ecological advantage of this
technology over ‘classical’ alternatives such as chlorina-
tion. The commercial benefits are also based on the high
selectivity and the low energy demand of the total
process. Both the acetal and the aldehyde can be used as
intermediates for crop protection agents, fragrances,
plating additives, ultraviolet absorbers, optical bright-
eners and other applications [3].

3.2. Reactor layout

To illustrate the reactor performance attainable with the
segmented thin-gap cell, the design procedure shown in
Figure 5 has been applied to the anodic methoxylation of
4-methoxytoluene. The estimated physicochemical data
of the system as well as the design choices are given in
Table 2. The overall conversion is fixed to a value of 0.9
for 10 independent electrode sections. For the adiabatic
design, the reversible reaction heat Qrev and the irrevers-
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ible overpotential g are considered to be negligible in
comparison to the Joule heating, and the temperature
increase is limited to 20 K. The applied current density is
adjusted locally to correspond to 50% of the limiting
current density at the electrode section inlet (f ¼ 2). The
electrochemical reactor is calculated for an annual
production rate of 3500 tons of anisaldehyde.
Figures 7, 8 and 9 present the variation of the major

process parameters in a segmented cell for both the
adiabatic and the isothermal reactor design and an inter-
electrode gap varying from 0.01 to 1 mm. As shown in
Figure 7, the fluid velocity, the mass-transfer coefficient
and the pressure drop increase sharply with a decrease

Table 1. Typical parameters for the BASF process for the anodic

methoxylation of 4-methoxytoluene

Electrode material Bipolar graphite rings

Interelectrode gap 0.5–1 mm

Substituted toluene 10–25% by mass (650–1650 mol m)3)

Supporting electrolyte 0.3–3% by mass potassium fluoride -

sodium sulfonate

Methanol 90–75% by mass

Current density 300–500 A m)2

Operating temperature 40–50 �C
Voltage per gap 4–6 V

Yield >80%

Overall conversion 90–99%

Selectivity 85%

Table 2. Physico-chemical data for the system and design choices.

Physicochemical and reaction data at 40 �C
Liquid density*, q/kg m)3 850

Liquid viscosity*, l/kg m)1 s)1 0.00060

Specific heat capacity*, cp/J kg)1 K)1 2.38 · 103

Reagent diffusion coefficient**, D/m2 s)1 1.90 · 10)9

Electrolyte conductivity***, j/X)1 m)1 2.0

Number of electrons involved, ne 4

Reaction heat Qrev/J mol)1 neglected

Irreversible overpotential, g/V neglected

A priori design choices

Cell length, L/m 0.5

Cell width, w/m 0.5

Number of sections, n 10

Overall conversion, hgl 0.9

Resulting conversion per section h (Equation 11) 0.206

Inlet reagent concentration, C0
A/mol m)3 1650

(isothermal design)

Global temperature elevation, DTgl/K 20

(adiabatic design)

Resulting inlet reagent concentration, C0
A/mol m)3 620

(Equation 22, adiabatic design)

Current factor f (as defined in Equation 3) 2

Desired overall production rate

Pdes (6000 h)/tons year)1 3.500

* Weighed average of pure component properties for a reagent

conversion of 50%. The physico-chemical characteristics of the reagent

and the product are evaluated using its UNIFAC structure (evaluated

using Pro II�)

** Determined using the procedure of Hayduk and Minas [14]

*** Estimated for 1.5% in mass KF electrolyte in methanol at

298� K
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of the inter-electrode gap. These three parameters are
identical for the adiabatic and the isothermal design.
Figure 8 illustrates the variation of the average current
density with the electrode gap in an adiabatic and in an
isothermal cell. In the two cases, a decrease in the
electrode gap results in a very significant increase in the
average current density. The current densities attainable
in the isothermal cell are naturally higher than those
obtained in the adiabatic design, since under isothermal
conditions much higher inlet reagent concentrations can
be employed. Due to the higher average current densi-
ties, the number of electrochemical cells needed for a
given annual production is lower in the isothermal
design, compared to the adiabatic design, as illustrated
in Figure 10. For the reactor length considered, attrac-
tive operating conditions are attained for an electrode
gap of about 0.1 mm. Under these conditions, the fluid
flow velocity is 6.2 cm s)1 and the pressure drop of the
electrolyte is only 0.45 bar, very acceptable values.
Due to the limitation of the temperature rise in the

adiabatic design, the acceptable initial reagent concen-
tration is limited to 620 mol m)3, which corresponds to
9.2% mass 4-methoxytoluene. This value is at the lower
limit of the industrial production conditions (Table 1).
For an electrode gap of 0.1 mm, the average current
density is, nevertheless, about 2700 A m)2, which is
about five times higher than the performance of the
current industrial process.
In the isothermal design with integrated heat-ex-

change, the inlet reagent concentration can be much
higher. For an initial reagent concentration of 25%
mass, an electrode gap of 0.1 mm leads to an average
current density of 7100 A m)2, which is more than 14
times higher than the current densities employed in the
current industrial process. For the chosen cell geometry
(50 cm long, 50 cm wide), only 258 segmented thin-gap
cells in parallel are needed for the desired annual
production.
As mentioned in Section 2.1, the high-conversion

single-pass technology permits in addition a significant
reduction in the dimensions of the downstream separa-
tion units. The design is also favourable to reaction
selectivity, as the liquid is in plug flow and the resulting
liquid residence time is quite short (8 seconds in the

example calculations for an electrode spacing of
0.1 mm).

3.3. Comparison with non-segmented designs

High average current densities can be obtained in
traditional capillary-gap designs at low conversion
through reduction of the interelectrode gap. If a high
reagent conversion par pass is desired, however, the
segmented design permits much higher average current
densities than those obtained in the traditional non-
segmented design. In order to illustrate this statement,
the reactor model established in Appendix A is applied
to a segmented (n ¼ 10) and a non-segmented (n ¼ 1)
design for global reagent conversions varying from 0.2
to 0.95. The calculations are performed for an isother-
mal reactor with an interelectrode gap of 0.2 mm and a
current factor f of 1.59 with respect to the outlet
concentration of each electrode segment.
Typical results are shown in Table 3. When the

reagent conversion is increased, the liquid velocity, the
pressure drop and the average current density decrease
in the electrochemical cell, whereas the number of
electrochemical cells needed for a given production
increases. In the segmented design, however, the
decrease of the average current density with increasing
overall conversion is much less pronounced.

Table 3. Comparison of the performance of non segmented and segmented cells. Reactor and reaction characteristics as given in Table 2,

isothermal design with an inter-electrode gap d = 0.2 mm. The current factor f is fixed to a value of 1.59 with respect to the outlet concentration

of the electrode segment(s)

hgl()) Non-segmented cell, n = 1 Segmented cell, n = 10

u

/m s)1
DP
/Pa

iavg
/A m)2

N u

/m s)1
DP
/Pa

iavg
/A m-2

N

Eqn 7 Eqn 15 Eqn 13 Eqn 16 Eqn 7 Eqn 15 Eqn 13 Eqn 16

0.2 1.61 · 10)1 2.90 · 104 8206 224 1.78 · 10)1 3.2 · 104 9091 202

0.4 6.04 · 10)2 1.09 · 104 6154 299 7.68 · 10)2 1.4 · 104 7828 235

0.6 2.68 · 10)2 4.83 · 103 4103 448 4.20 · 10)2 7.6 · 103 6413 287

0.8 1.01 · 10)2 1.81 · 103 2051 897 2.31 · 10)2 4.1 · 103 4699 392

0.9 4.47 · 10)3 8.05 · 102 1026 1794 1.55 · 10)2 2.8 · 103 3565 516

0.95 2.12 · 10)3 3.81 · 102 513 3587 1.15 · 10)2 2.1 · 103 2790 659
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Fig. 10. Variation of the ratio between the current densities attainable

in the segmented and the non-segmented design with the overall

conversion. Conditions as for Table 4.
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The decrease of the average current density with an
increase of the reagent conversion is due to the fact that
the most severe limit on acceptable current density occurs
at the point of lowest reactant concentration (at the exit).
For a non-segmented design, this limitation applies to the
entire reactor whereas for a segmented design, only the
segments near the exit are concerned. This difference in
behavior is most pronounced for cases of high conver-
sion, for which the reactant concentration at the exit is
much lower, as illustrated in Figure 10 where the ratio of
the current densities calculated by the reactormodel using
the segmented and the non-segmented design is plotted
against the overall conversion. For desired overall
conversion of 90%, the segmented design permits a more
than three-fold increase in average current density for an
identical interelectrode gap, in comparison to the tradi-
tional non-segmented capillary-gap design.

4. Conclusion

A simplified reactor model has been used to evaluate the
potential interest of segmented thin-gap flow cells for
process intensification in electrosynthesis. In particular,
the possibility of employing segmented thin-gap cells
effectively in single-pass high-conversion production
schemes has been examined. Comparison of calculated
performance at high conversion for the industrial
methoxylation of 4-methoxytoluene illustrates the clear
advantages of the segmented design in comparison to
traditional non-segmented capillary-gap cells. Local
control of the current density in the proposed segmented
design permits use of significantly higher average current
densities, thereby resulting in opportunities for highly
intensified production. For the example examined in this
study, for single pass conversion greater than 90%, the
segmented thin-gap cell presents for identical electrode
gap a more than three-fold increase in average current
density in comparison to traditional thin-gap designs.
The model calculations suggest that segmented thin-gap
designs offer substantial opportunities for process inten-
sification and radically improved process performance
in organic electrosynthesis and encourage pursuit of
experimental validation of the new technology for future
industrial applications.
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Appendix A: Reactor model

A.1. Cell geometry

The electrochemical reactor is composed of N electrochemical cells

working in parallel. Each cell is comprised of two parallel plates with

interelectrode distance d, length L and width w, as shown in Figure 4.

The working electrode of each cell is divided into n sections with equal

length, L/n, the conversion per section is small, that is, lower or equal

to 0.2. The size of the insulating zone between sections is taken to be

negligibly small and is not considered. In each section, the local current

density is adjusted in order to be optimal with regard to the local

reagent concentration. The principal features of an individual cell are

shown in Figure 11.

A.2. Estimation of the local mass transfer coefficient

If the length of the insulating segments which separate the different

electrode sections is small compared to the electrode section length, the

relaxation of the mass-transfer boundary layer between two electrode

sections can be neglected. In this case, the mass transfer boundary

layer developed in the segmented electrochemical reactor is very

similar to that developed in a parallel plate reactor with long

electrodes.

In developed laminar flow with long electrodes, the mass transfer

boundary layer spans the entire interelectrode gap. In this case,

assuming a constant mass flux per unit area of electrode, a conservative

estimation of the mass-transfer velocity, km, is given by [15]:

km ¼ 2:692
D
d

ð1Þ

(The assumption of a constant surface concentration leads to

km¼ 2.43 D/d). The mass transfer velocity increases with the diffusion

coefficient of the reagent, D, and with the decrease of the interelectrode

spacing d but it does not depend on the fluid velocity.

A.3. Maximal and optimal local current density

The maximum current density which can be applied in section k, the

diffusion limited current density designed by iðkÞlim, is a function of the

mass transfer velocity, km, and the inlet reagent concentration of

section k:
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iðkÞlim ¼ neFkmC
ðk�1Þ
A ð2Þ

The optimal operating current density can be defined with respect to

the diffusion limited current density:

iðkÞ ¼ iðkÞlim

�
f ¼ 2:692

f

� �
neFC

ðk�1Þ
A

D
d

� �
ð3Þ

where f is typically comprised between 1.4 and 2. This current density

is optimal because it is a significant fraction of the maximum diffusion-

limited current density while at the same time minimizing side

reactions. The optimal current density varies from one electrode

section to another, since the reagent concentration decreases. If the

length of the electrode section is large in comparison to the anode–

cathode gap, the local current density distribution on each individual

section can be considered to be uniform.

A.4. Local and global conversion

The conversion on electrode section k can be evaluated by a mass

balance on the reagent passing through the section:

udwCðk�1Þ
A ¼ udwCðkÞ

A þ iðkÞ

neF

� �
Lw
n

� �
ð4Þ

where u is the flow velocity of the electrolyte. The conversion is given by

hðkÞ ¼ Cðk�1Þ
A � CðkÞ

A

Cðk�1Þ
A

¼ iðkÞ

neF

� �
1

udCðk�1Þ
A

 !
L
n

� �
ð5Þ

Substituting the local current density by its expression given in

Equation 3, the conversion can be expressed as a function of the

geometric and operational parameters. Thus,

hðkÞ ¼ h ¼ 2:692

f

� �
L
n

� �
D
d2u

� �
ð6Þ

If all electrode sections have the same length, they yield the same local

conversion h. Equation 6 permits calculation of the fluid velocity for a

given local conversion:

u ¼ 2:692

f

� �
L
n

� �
D
hd2

� �
ð7Þ

The reagent concentration at the outlet of electrode section k is given

by

CðkÞ
A ¼ Cðk�1Þ

A ð1� hÞ ð8Þ

The outlet concentrations of the different sections can be combined to

obtain a relation between the reactor inlet and outlet concentrations.

Thus,

CðnÞ
A ¼ Cð0Þ

A ð1� hÞn ð9Þ

The global conversion can thus be calculated, based on the conversion

per section and the number of sections:

hgl ¼
Cð0Þ
A � CðnÞ

A

Cð0Þ
A

¼ 1� ð1� hÞn ð10Þ

Equation 10 may be used to determine the conversion per section, if

the overall conversion and the number of sections are given. That is,

h ¼ 1� ð1� hglÞ1=n ð11Þ

A.5. Average current density, pressure drop and number of cells in

parallel

The average current density is the overall applied current divided by

the electrode surface. Thus,

iavg ¼
Igl
wL

¼ neFudC
ð0Þ
A hgl

L
ð12Þ

When substituting the flow velocity using Equation 7:

iavg ¼
2:692

f

� �
neFDC

ð0Þ
A

d

 !
hgl
nh

� �
ð13Þ

The average current density increases with decreasing electrode spacing

and reactors with small electrode spacing can operate at higher current

densities than reactors with larger spacing.

The pressure drop for developed laminar flow between two flat

plates is given by

DP ¼ 24luL
d2

ð14Þ

when substituting the flow velocity:

DP ¼ 64:6

f

� �
Dl
nh

� �
L2

d4

� �
ð15Þ

Fig. 11. Principal features of the electrochemical cell.
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The number of electrochemical cells operated in parallel, N, depends

on the desired production rate Pdes:

N ¼ Pdes

udwCð0Þ
A hgl

¼ Pdes

DCð0Þ
A

 !
f

2:692

� �
d
wL

� �
nh
hgl

� �
ð16Þ

The number of cells decreases with decreasing electrode spacing. This

is due to the increase of the average current density in small gap cells.

A.6. Local and global temperature rise in an adiabatic reactor design

The adiabatic reactor design, which is the simplest to build, is only

possible if the temperature rise of the reactive flow is restricted to a

reasonably low value. The temperature rise is mainly due to the Joule

heating of the solution induced by the current flow through the

electrolyte. Secondary heat sources are the reversible heat due to the

reaction itself Qrev, and the heat generation due to the irreversible

overpotential of the electrode surface g. The reaction heat is related to

the entropy change for the overall cell reaction which can be obtained

from the temperature coefficient of the reversible cell potential [16].

For section k, one obtains:

Qrev ¼
iðkÞwL
n

T
oUrev

oT

� �
p

ð17Þ

The temperature rise in section k can be evaluated by a local heat

balance:

qcpudwT
ðk�1Þ þ iðkÞwL

n
DUðkÞ þ gþ T

oUrev

oT

� �
p

 !

¼ qcpudwT ðkÞ ð18Þ

with the local ohmic drop in a flat cell geometry given by

DUðkÞ ¼ iðkÞd
j

ð19Þ

The temperature rise in section k is thus given by

DT ðkÞ ¼ T ðkÞ � T ðk�1Þ

¼ L
n

iðkÞ

qcpud
iðkÞd
j

þ gþ T
oUrev

oT

� �
p

 !
ð20Þ

When substituting the local current density and the flow velocity using

Equations 3 and 7, the temperature rise in section k can be expressed as

a function of the inlet reagent concentration, the physico-chemical

characteristics of the system and the local conversion. Thus,

DT ðkÞ ¼ neFC
ðk�1Þ
A h

qcp

2:692

f

� �
neFC

ðk�1Þ
A D
j

 !"

þgþ T
oUrev

oT

� �
p

#
ð21Þ

The global temperature rise of the solution is the sum of the

temperature rise of each section. That is,

DTgl ¼
Xn
k¼1

DT ðkÞ ¼ neFC0
Ahgl

qcp

2:692

f

� �
neFC0

AD
j

� ��

� 2� hgl
2� h

� �
gþ T

oUrev

oT

� �
p

#

It can be seen that a limitation of the total temperature rise implies for

a given reaction system and a given conversion, an upper limit on the

input reagent concentration.

680


